Post-combustion CO 2 capture based on Ca-looping process, CaL, is a promising technology under development based on the reversible reaction between CaO and CO 2 to form CaCO 3 and the regeneration of the CaO by calcination of CaCO 3 in a rich CO 2 atmosphere. This work is focused on the study of the calcination kinetics with typical solid conditions expected in these systems. Calcination rates of carbonated materials derived from two limestones have been measured at different number of carbonationcalcination cycles, as a function of temperature and CO 2 partial pressure. It has been observed that calcination reaction is chemically controlled for particles below 300 m of particle size, as internal mass transfer is negligible even under the presence of CO 2 in the reaction atmosphere. Calcination rate (expressed per mol of initial CaO) depends on calcination temperature and CO 2 partial pressure, whereas CaCO 3 content and/or particle lifetime do not affect the reaction rate. The basic kinetic model of Szekely et al. (1970) is shown to be valid to fit the new data. Based on these results it is shown that calcination temperatures between 880-920ºC could be sufficient to achieve nearly 2 complete calcination conversion at typical solid residence time of CFB calciner reactors (2-3 minutes) in the CaL system.
complete calcination conversion at typical solid residence time of CFB calciner reactors (2-3 minutes) in the CaL system.
Introduction.
Ca-looping process, CaL, is a rapidly developing CO 2 capture technology both in postcombustion and pre-combustion CO 2 systems (see recent reviews 1, 2, 3 ). The reaction of a CaO-based sorbent with CO 2 to form CaCO 3 and the reverse calcination reaction (mainly in a pure CO 2 or CO 2 /H 2 O atmosphere) are at the core of all CaL systems.
This work focuses on the CaL system for CO 2 capture that was originally proposed by Shimizu et al. 4 , using lime as CO 2 -sorbent. The system involves the separation of CO 2 using the reversible carbonation reaction of CaO and the calcination of CaCO 3 to regenerate the sorbent. A typical configuration for this process would consist of two interconnected circulating fluidized beds (CFB), calciner and carbonator, operating under atmospheric pressure. Flue gases leaving the boiler of an existing power plant are fed into the carbonation unit where the CO 2 reacts with the CaO coming from the calciner to obtain CaCO 3 . Solids from carbonator are sent back to the calcination unit where CaCO 3 is again decomposed to form CaO, which is recirculated to the carbonator, and CO 2 as a concentrated gas stream suitable for compression and storage.
Since a concentrated CO 2 stream is aimed at the exit of the calciner, the equilibrium of CO 2 on CaO (close to 900ºC for pure CO 2 at atmospheric pressure) requires operation at high temperature during calcination. Oxyfuel combustion of coal can be used to supply the calcination energy (Shimizu et al. 4 ) and higher efficiency options (that do not require a pure O 2 stream) have also been proposed (Martinez et al. 5 and Grasa and Abanades 6 ).
Most recent studies on sorbent performance have focused on the determination of CO 2 carrying capacity of the sorbent (see reviews 1, 2, 3 ) in a wide range of conditions and for a large variety of materials. This improved knowledge on sorbent performance has facilitated the development of kinetic reaction models suitable for the conditions of interest for the process (Bouquet et al. 7 , Sun et al. 8 , Fang et al. 9 , Grasa et al. 10 ). High reaction rates between the CO 2 in the flue gas and the sorbent particles are certainly necessary in order to design compact CO 2 absorbers. The development of suitable particle reaction models has helped in the design of reactor models for the carbonation reactor in the CaL system (Alonso et al. 11 , Lasheras et al. 12 , Romano 13 , Martínez et al. 14 )
. The operation of the carbonator reactor is being experimentally validated at increasing scales, from the preliminary tests carried out at the 10 kWth fluidized-bed carbonator by Abanades et al. 15 which showed the carbonation reaction of CaO as a solution to absorb the CO 2 from large stationary sources, to the 75 kWth pilot-scale dual fluidized bed system (with a bubbling fluidized bed carbonator) by Lu et al. 16 to study CO 2 capture efficiency in carbonator in fully stable and continuous mode. Charitos et al. 17 also reported on capture efficiencies above 90 % obtained in a 10 kWth dual fluidized bed facility (bubbling carbonator connected to a CFB calciner) under different operating conditions. Recently, studies carried out in a 30 kWth test facility using two interconnected CFB reactors as carbonator and calciner were presented by Alonso et al. 18 reporting capture efficiencies between 70 % and 97 % under realistic flue gas conditions. Carbonation efficiency of this CFB carbonator has been also analysed by Rodriguez et al. 19 as a function of the solid circulation rate, the solid inventory, the average carrying capacity of the CaO circulating particles, the temperature and the gas ). But at these low temperatures, the kinetics of the calcination reaction may not be sufficient to achieve the high calcination efficiencies needed in the calciner. In this context, this work is focused on the determination of the 6 calcination kinetics to describe the evolution of the carbonate conversion of the typical sorbent of a CaL process.
There is a wide database of literature on the thermal decomposition of CaCO 3 in CFBC ). This work will revisit these reaction models to interpret the experimental results obtained when measuring calcination rates in multi-cycled particles and CO 2 rich gas atmosphere that are characteristic of the calciner reactor in postcombustion CaL CO 2 capture systems.
Experimental
Carbonation and calcination cycles have been carried out in a thermogravimetric analyzer (TGA) suitable to derive reactivity data during carbonation or calcination in long multi-cycle tests. The TGA used in this work has been described in detail by weight whose mainly components were CaO, MgO and SiO 2 (see Table 1 ). Both limestones were characterised by using a Hg Porosimeter Quantachrome Pore Master to estimate the pore volume and the pore-size distribution and N 2 adsorption (Micromeritics ASAP2020) at 77 K was used to calculate the sorbent surface area by applying the Brunauer, Emmett and Teller equation. Results obtained in these tests together with those obtained for their calcines are shown in Table 1 . The effect of three different variables has been analysed in this work: the effect of particle size, calcination temperature and CO 2 partial pressure on multi-cycle calcination reaction. Preliminary tests were done to analyse the effect of particle size on calcination rate and elucidate the importance of gas diffusion resistances at pore level. These tests were performed for limestone A at two different CO 2 partial pressures, 0 kPa and 50 kPa. To derive the kinetic parameters for the calcination reaction including highly cycled particles (ten reaction cycles) and high CO 2 concentrations, a set of experiments was carried out analysing the effect that calcination temperature (temperatures tested ranged from 820ºC to 910ºC) and CO 2 partial pressure (from 0 kPa to 100 kPa) have on reaction rates. These tests were focused on the smallest size cut of both limestones as it will be explained in further detail below.
[ Table 1 ]
Several tests were carried out in the TGA with larger quantities of sample, calcining at 900ºC in air, to obtain sufficient mass for measurements of pore size distribution by mercury porosimetry. Figure 1 is an example of a typical plot of dV/dD vs. pore diameter for two samples of limestone B after the first and fifth calcination respectively.
It can be seen that the original texture of the first calcine with a rather narrow pore size distribution, evolves towards bimodal distribution typical of samples that have experienced several calcination-carbonation cycles 37 . These measurements were intended to aid in the selection of calcination models as will be discussed below.
In order to give an insight to the possible particle calcination reaction model for the limestones tested, a sample of fresh limestone A (75-125 m) was half calcined at 880ºC in air and analysed by SEM. Sample preparation was carried out in an inert atmosphere, it was mildly crushed, dispersed on a graphite tab, and gold-coated with a 20-nm-thick film for their observation under scanning electron microscopy. The micrographs obtained by SEM are shown in Figure 2 (a) and (b) and will be used to further support the model selection in the next section.
[ Figure 2] 
Results and discussion
Preliminary measurements of calcination rates tests were carried out at different particle sizes to check the relative importance of gas diffusion effects in the different pore networks resulting from different carbonation and calcination cycles. Four particle size intervals where used (75-125, 125-300, 300-600 and 600-800 m). Calcination temperature in these tests was fixed at around 880ºC. Two series of experiments were carried out. The first tests were conducted in absence of CO 2 in the gas fed to the TGA, so that diffusion effects of CO 2 in the pore network of the particles should be more pronounced and easier to detect when changing particle sizes. The second tests were conducted at 50 %vol. of CO 2 also for different particle sizes. Figure 3 shows the calcination curves versus time in absence of CO 2 for the calcination in the second and eighth cycle, Figures (a) and (b) respectively. As it can be seen for the second calcination, reaction rate is hardly affected by internal diffusion resistance below 300 m or, in case internal resistance was present, its effect on kinetics would be the same for both sizes. From that size onwards, there is a small effect of particle size on calcination rate due to CO 2 internal diffusion resistance that results in a higher calcination time to achieve complete CaCO 3 decomposition. As limestone undergoes a higher number of calcination/carbonation cycles, the internal resistance of the CO 2 released during calcination sharply diminishes and calcination rate is practically identical even when particles as large as 600 m diameter are used (Figure 3 b) . Figure   4 shows the results from the tests carried out in presence of 50 %vol. of CO 2 , which are in qualitative agreement with the results obtained when calcining in air but with enlarged differences between curves. Although higher calcination times are required in all cases due to the effect of CO 2 on kinetics (as it will be described by reaction model equations), it is appreciated that internal mass transfer resistance continues being negligible below 300 m of particle size from the first cycle as curves for 75-125 and 125-300 m match up completely. For larger particle sizes (600-800 m) calcination rates are slightly lower which can be considered a sign of both internal resistance to CO 2 diffusion in presence of CO 2 in the calcination atmosphere and reduced kinetics because of CO 2 , resulting in longer time to achieve complete calcination.
[ Figure 3 ]
[ Figure 4 ]
From the results obtained in TGA it can be concluded that the calcination reaction of cycled particles in a CFB based post-combustion CaL system, with a particle size below 300 m, is chemically controlled since the first cycles. This results in a reaction taking place at the same extent throughout the particles where no relevant particle size effects can be found. This homogeneous character of the reaction is even more pronounced after several calcination/carbonation cycles, as it would be expected from the opening of the pore network as noted in Figure 1 . These conclusions are supported by the images obtained by SEM ( Figure 2) where it is observed that pores resulted from CaCO 3 decomposition are uniformly distributed throughout the particle. In addition, as it has been shown recently by González et al. 38 , CaL system will most likely operate with average particle sizes of CaO around 90 m due to attrition phenomena. For all these reasons, the determination of the kinetic rate parameters for the calcination reaction models to be used in this work to interpret the available results is focused from this point on the 75-125 m size cut.
As indicated in the introduction section, different reaction models have been proposed in the literature to describe the calcination reaction in close conditions to those used in the experiments carried out in this work. Homogeneous reaction model throughout the sorbent was assumed by Borgwardt 32 with particle sizes under 90 m. Khinast et al. 39 applied a modified Random Pore Model, RPM, to the calcination reaction that relates the evolution of the pore structure of the solid during calcination with its conversion.
The shrinking core model and the uniform conversion model appeared as suitable reaction models to describe the calcination reaction of fine particles in two extreme conditions. On the one hand, the shrinking core model would be able to describe the calcination of limestones with a very low initial porosity. On the other hand, for solids with a higher initial porosity, the uniform conversion model could be applied. This second scenario is obviously the most adequate for our results, as it has been discussed in the previous paragraphs around the observations in Figures 1-4 . varies between 0 to 1. For the calcination of a sorbent that has been carbonated up to the maximum carrying capacity in the previous carbonation-calcination cycle, X N-1, the value of (X carb -X calc ) changes from 0 to X N-1 .
[ Figure 
In this way, f calc ranges on every cycle from 0 to 1. The evolution of X N-1 (or X N ) with N has been widely studied, and it has been found that can be described according to (2) Figure 6 represents the normalisation of the experimental conversion data for the conversion curves included in Figure 5 (a) and (b).
[ Figure 6 ]
The resulting plots can then be fitted to a kinetic model for calcination embracing the observations reported in previous paragraphs. As indicated above, the materials tested in this work follow during calcination an apparent homogeneous conversion pattern at particle level. Fang et al. 40 proposed an equation based on the classic grain model of Szekely and Evans 41 to describe the calcination reaction of CaO-based sorbents in CaL applications, that is in principle consistent with an homogeneous model at particle level:
In this model, each carbonated particle is assumed to be formed by uniformly sized nonporous spherical grains of CaCO 3 and CaO that calcine following a shrinking core model under chemical reaction control (Equation 3 ). A similar expression was also used to fit fast carbonation rates in a previous work (Grasa et al. 42 ), although more elaborate 13 versions of this carbonation model have been published more recently (Grasa et al. 10 )
based on RPM (developed by Bathia and Perlmutter [43] [44] ) to account for slow reaction regimes and transitions regimes. We have attempted data fit with equation 3 in this work because of its simplicity and sufficient good quality of the fit for the whole range of calcination curves. Furthermore, it is already known that grain model predictions match those made by the RPM under chemical reaction control and, as well, when moderate transport resistances are included for porous particles with typical values of reaction surface area, total pore length and porosity [43] [44] .
Equilibrium CO 2 concentration (C eq ) has been evaluated from the molar fraction of CO 2 in the equilibrium, f e , by using Equation 4 where T is the operation temperature (in ºK)
and P is the total system pressure (in atm) 45 . 
A fitting exercise has been carried out to determine kinetic constant of calcination reaction k c , using experimental results obtained in the TGA set up described in the experimental section. The kinetic constant was determined in each cycle from the 14 conversion curves at different calcination temperatures. An Arrhenius representation was plotted for the individual values of k c obtained and pre-exponential factor, k c0 (m 3 /kmol·s), and activation energy, E ac (kJ/mol), were determined from the ordinate in the origin and the slope, respectively, according to Equation 6 .
The values of k c0 and E ac have been included in Table 1 [ Figure 7 ] ). Figure 8 shows the effect of CO 2 partial pressure on calcination rates for a given temperature (890ºC in this case) and for both limestones. represents the calcination conversion of a cycle number 5 for limestone B.
[ Figure 8 ]
The model also presents good agreement between prediction and experimental data under calcination conditions close to the equilibrium as it can be seen in Figure 9 4 , Martínez et al. 5 , Lasheras et al. 12 , Romano 13 , Martínez et al. 14 , Ströhle et al. 24 , Hawthorne et al. 25 , Rodriguez et al. 26 , Yongping et al. 51 ,) could be considered. Coal and oxygen consumption could be optimised, SO 2 capture in the calciner gets closer to the optimum conditions and a wider variety of fuels (ash softening issues) can be used in the calciner at lower calcination temperatures.
Conclusions
Calcination kinetics of two different limestones that have experienced repetitive calcination/carbonation cycles have been determined in a TGA analyser. It has been experimentally observed that the calcination reaction is chemically controlled as internal mass transfer resistance is negligible up to 300 m particle size, even in presence of CO 2 in the reaction atmosphere. In this way, calcination reaction (expressed per mol of initial CaO) depends on calcination temperature and CO 2 partial pressure, whereas CaCO 3 content and/or particle lifetime do not affect the reaction rate. The calcination reaction in multi calcination/carbonation cycles has been described with a reaction model based on a grain model that considers a particle formed by grains that follow a shrinking core model under chemical reaction control and the kinetic constant of the reaction has been determined. The model proposed is able to predict the calcination conversion of the sorbent at calcination conditions of interest for the Ca-looping process and should contribute to its scaling up. 
